This paper analyses a CO 2 capture system based on calcium looping, designed for power plants that operate with very low capacity factors and large load fluctuations, including shut-down and start-up periods. This can be achieved by decoupling the operation of the carbonator and calciner reactors and connecting them to piles filled with CaO or CaCO 3 . When the power plant enters into operation, calcined solids are fed into the carbonator to provide the necessary flow of CaO for capturing CO 2 and storing the carbonated solids. An oxy-CFB calciner designed to have a modest thermal capacity and operate continuously refills the CaO pile. Mass and energy balances of the entire system, combined with state-of-the-art performance criteria for reactor design, have been solved to identify suitable operating
Introduction
The power sector in many countries is rapidly evolving as lowcarbon technologies are increasingly deployed to reduce greenhouse emissions. 1, 2 However, the large share of solar and wind power requires the implementation of energy storage systems 3 and/or back-up fossil power generation in order to fill the time periods when no renewable energy is available. The current need for flexible fossil power has already produced a major shift in the operating configurations of many fossil-fired power plants: 4 both existing and new fossil fuel power plants are forced to operate with significant load variations, ramping-up-and-down or even having shut-down periods to satisfy the electricity demand. As a result, very low capacity factors are to be expected (leading to significant extra costs) as well as many other technical penalties (e.g. increased wear and tear due to cycling operation). [4] [5] [6] [7] On the other hand, the use of fossil fuels as a back-up power generation system, even for limited periods of time, is incompatible with the possible long-term scenario of a deeply decarbonized energy supply. Consequently, flexible power plants equipped with CO 2 capture and storage (CCS) technology are needed to substitute the current fossil infrastructure of back-up power generation. The previously mentioned challenges are exacerbated due to Spanish National Research Council (CSIC-INCAR), C/ Francisco Pintado Fe 26, 33011, Oviedo, Spain. E-mail: yolanda.ac@incar.csic.es the great complexity of CCS systems and the capital-intensive character of sub-systems originally designed only for base load operation. [8] [9] [10] This is now recognized as a major weakness of CCS technologies and explains the growing awareness of the need for more flexible CCS processes. 8, [11] [12] [13] [14] [15] In the case of the most developed CO 2 capture technologies (i.e. post-combustion, oxy-combustion and pre-combustion), several process alternatives based on different energy and material storage options have been proposed to improve their flexibility. For example, in post-combustion amine-based CO 2 capture systems it is possible to reduce the power consumption associated with solvent regeneration and CO 2 compression units during peak demand periods. 12, 16 This can be done by storing a fraction of the rich solvent leaving the absorber and operating the regenerator at lower loads during these periods. As a result, the regeneration of the stored sorbent and the compression of the CO 2 captured can be postponed to low power demand periods. 17 However, this solution implies economic penalties due to the storage of large masses of relatively costly amine, and the need for an oversized regenerator and CO 2 compression unit if the power plant is required to operate continuously at base load.
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For oxy-combustion systems, the use of O 2 cryogenic tanks has been proposed in order to operate the air separation unit (ASU) at base load and to store the O 2 during low-energydemand periods (i.e. when the boiler operates at partial load) or by reducing the ASU capacity while the plant load is increased to respond to varying electricity requirements. 11, 13, 18, 19 One of the main drawbacks of these approaches is the noticeable increase in O 2 production costs as a consequence of the need to liquefy and re-evaporate the stored O 2 . The storage of the H 2 produced in the pre-combustion CO 2 capture systems has also been proposed 8, 11 using suitable geological structures due to their relatively low cost and large storage capacity. 20, 21 The use of syngas in other industries (leading to poly-generation systems) has also been presented as an alternative to the storage of H 2 . [22] [23] [24] Both the alternatives increase flexibility through the decoupling of the power generation and hydrogen production blocks. Other processes have been proposed to adapt the variable power output irrespective of the power input by incorporating a thermal energy storage system within the power plant and/or the CO 2 capture system boundaries. This concept has already been considered in previous works 25, 26 for example by using molten salts as a storage medium to meet intermediate loads in coal-fired power generation. In a similar way, thermal energy storage using solids at high temperature has recently been proposed in order to increase the flexibility of power plants based on oxy-fired circulating fluidized bed (CFB) combustors with CO 2 capture taking advantage of the availability of these reactors for the circulation of large flows of high temperature solids between silos. 27, 28 Another CCS technology that can benefit from the energy storage potential of reacting solids is post-combustion CO 2 capture by calcium looping (CaL). A conventional CaL configuration uses two interconnected circulating fluidized bed reactors, a carbonator and a calciner. The flue gas from a power plant is fed to the carbonator in order to capture the CO 2 using a stream of CaO particles at temperatures close to 650 1C. The carbonated stream of solids is then separated from the lean-CO 2 flue gas leaving the carbonator and sent to the calciner. In this reactor, the CaCO 3 is decomposed at temperatures of around 900-920 1C by the combustion of coal under oxy-firing conditions and the regenerated CaO is sent back to the carbonator. Thus, the CO 2 captured in the carbonator and the CO 2 released during combustion in the calciner are obtained in a concentrated stream. Post-combustion CO 2 capture by CaL has developed rapidly in the last five years up to the scale of the MW th with several pilot plants [29] [30] [31] [32] [33] [34] [35] due to the similarity between its reactors and those of existing circulating fluidized bed power plants and the lower energy penalty compared to that of other CCS systems since extra power can be obtained from the additional heat input required to drive the sorbent regeneration reaction. 36, 37 The use of CaO/CaCO 3 in CaL systems makes it possible to integrate a thermochemical energy storage system by taking advantage of the reversible reaction of CaO with CO 2 at high temperature. There is already background knowledge about the use of CaO/CaCO 3 to store nuclear 38, 39 or solar energy [40] [41] [42] or to increase the flexibility of the integrated gasification combined cycle plants. 43 Also, basic schemes of energy storage systems based on CaO/CaCO 3 post-combustion CaL have been put forward. 44, 45 In relation to these concepts of energy storage, a recent European project, FlexiCaL (www.flexical.eu), is being carried out to investigate in more detail the viability of flexible CaL systems. The aim of the present work is to analyze and evaluate the operation variables of a CaL system that incorporates a largescale energy storage system and exploits the thermo-chemical energy of CaO/CaCO 3 . Specific reference process schemes for CO 2 capture in power plants operating in back-up mode are assessed. The main elements of the resulting CaL CO 2 capture system (reactors, solids piles, steam cycle, elements linked to the capture system and auxiliary components for O 2 production and CO 2 compression and purification) can then be dimensioned and a preliminary estimation of the electricity and CO 2 avoidance costs can be calculated to identify the scenarios where the proposed system would be most competitive.
Process description
The flexible post-combustion CO 2 capture concept by calcium looping (FlexiCaL), proposed in this work is presented in Fig. 1 . It is based on a conventional CaL system 46 that connects a CFB carbonator to an existing power plant and includes an oxy-CFB calciner fired with coal using pure oxygen from an air separation unit (ASU). In addition, the proposed system in Fig. 1 includes features designed to allow the integration of the energy storage system: in particular, two solid storage piles to store the solids coming from the carbonator and the calciner (named for the sake of simplicity ''CaCO 3 '' and ''CaO'' respectively in Fig. 1 , although the piles include other components as will be discussed later).
These allow the circulation of solids between the carbonator and the calciner to be decoupled and the oxy-fired calciner to operate continuously irrespective of the CO 2 load to the carbonator. At the exit of both the CFBs, the sensible heat from the flue gas depleted in CO 2 and from the CO 2 -rich gas is recovered using convection pass heat exchangers, labelled HX1 and HX2. After the heat has been recovered, the CO 2 gas stream leaving the calciner is delivered to the CO 2 compression and purification unit (CPU) before transport and storage. The system also includes two series of external fluidized bed heat exchangers (FBHX1 and FBHX2) to cool down the solids coming from the carbonator and the calciner before they are stored at low temperature (T CaCO 3 and T CaO , respectively). These FBHXs could be based on a series of fluidized beds in countercurrent flow to the water-steam flows, as suggested by Schwaiger et al. 47 In the system depicted in Fig. 1 , when the power plant enters into operation and the flue gas is fed into the carbonator, calcined solids are fed from the CaO pile into the carbonator to provide the necessary amount of sorbent during these periods. The carbonated solids leaving this reactor are then cooled down and stored in the CaCO 3 pile. This allows the capture of the CO 2 and the production of additional power from the HX1 and FBHX1 when the power plant enters into operation during high power demand periods. To fill the CaO pile with calcined solids, the oxy-CFB calciner operates at base load independently of the power plant. Thus, the solids from the CaCO 3 pile are fed continuously to the calciner together with a make-up flow of limestone (see F 0 in Fig. 1 ) needed to compensate for the decay of the CO 2 carrying capacity of the particles of CaO during cycling and to purge the inerts (ashes and CaSO 4 ) from the inventory of solids. The calcined solids leaving this reactor are stored in the CaO pile after being cooled down. As a result, power is continuously provided by both HX2 and FBHX2. The operation of the oxy-CFB calciner (including the ASU and CPU units) in base-load mode, i.e. disconnected from the main power plant and the carbonator, has inherent advantages in that it is simpler to control and more stable. In addition, the calciner footprint and the associated combustion equipment, which are the main cost components in CaL systems, can be considerably reduced in scale by taking advantage of large and low-cost storage piles of Ca-material.
With respect to the storage conditions of the solid materials, this work mainly focused on operating at low temperatures (o300 1C) and under atmospheric pressure to facilitate verylong duration energy storage. Conventional solid handling and storage equipment, such as that used in the cement industry, is employed to store and handle large masses of this type of material. The main drawback of operating with solid piles at low temperatures is that the storage system will have lower energy storage densities as it can only exploit chemical energy (using the enthalpy of the CaO carbonation reaction, i.e. 168 kJ mol À1 CO 2 ).
A storage temperature for the carbonated solids (T CaCO 3 ) of 150 1C has been fixed and a CaO pile temperature (T CaO ) objective of 200-250 1C has been targeted. Furthermore, due to the low temperature of the calcined solids entering the carbonator, the latter is assumed to be an adiabatic reactor (in contrast with the boiler-type carbonators usually assumed for standard CaL systems). An analysis of the main variables affecting the design of the scheme in Fig. 1 has been carried out by solving mass and View Article Online energy balances, using in-house CaL process models previously validated against published works that simulate CaL processes using commercial software. This analysis is focused only on steady-state modes. The main variables affecting the process shown in Fig. 1 are the capacity factor (CF), directly related to the fraction of time that the power plant and the CFB carbonator are in operation, the activity of the CaO material (X ave ) and the solid storage temperature in the piles. Several reasonable assumptions following the typical values reported in the literature for similar systems have been made as described later. Although these assumptions could introduce uncertainties in the results, a more detailed sensitivity study of other parameters has been considered outside the scope of this first conceptual design.
An average-sized coal-fired power plant with a thermal input (P coal,power plant ) of 500 MW th has been chosen as the basis for calculations. This produces a total flue gas of 6.8 kmol s À1 with 15.9% v CO 2 when operating at full power. For simplification purposes, it has been considered that the flue gas enters the carbonator free of ashes and sulfur after having been cooled down to a temperature of 150 1C. Under these conditions, the total calcination of the CaCO 3 and a SO 2 capture efficiency of 95% in the oxy-CFB calciner can be assumed. It has been considered that 50% of the ashes leave the system through the calciner cyclone with the flue gas while the remaining ashes accumulate with the solids and need to be removed in the solid purge. With respect to the carbonator, the mass and energy balances have been solved assuming a 90% CO 2 capture efficiency. The flow of solids needed from the CaO pile is linked to the maximum average CO 2 carrying capacity of the particles (X ave ), which is directly related to the make-up flow of limestone introduced to the calciner. To estimate the X ave of the inventory of solids the expression proposed by Rodríguez et al. 48 has been used.
where F 0 represents the molar make-up flow of fresh limestone, F CO 2 is the molar flow of CO 2 coming with the flue gas from the power plant, F R is the molar flow of sorbent entering the carbonator reactor (from the CaO storage pile in the scheme of Fig. 1 ) and f carb characterizes the extent of carbonation of the particles expressed as the ratio X carb /X ave . For simplification purposes, a constant f carb value of 0.8 has been considered for all the cases presented in this work. The last term of eqn (1) refers to the impact of the SO 2 on the activity of the sorbent assuming that sulfur reacts only with the active CaO, X S being the sulfate conversion of the sorbent. Finally, a 1 , f 1 , a 2 , f 2 and b represent the sorbent deactivation constants according to eqn (2):
Values of a 1 = 0.1045, f 1 = 0.9822, a 2 = 0.7786, f 2 = 0.7905 and b = 0.07709 were used in this work as representative fitting parameters of typical high purity lime materials. As mentioned above, it is assumed that CO 2 is fed into the carbonator when the power plant enters into operation, while the calciner operates continuously in order to calcine the stored carbonated solids and the required make-up flow of limestone. On the basis of this assumption, F 0 /F CO 2 used in eqn (1) has been calculated as the molar ratio of the limestone fed into the calciner and the CO 2 fed into the carbonator during the lifetime of the power plant.
As the carbonator is adiabatic, the reactor operation temperature and T CaO are directly linked by the activity of the solids. Thus, in order to find feasible operation windows, the effect of sorbent activity (i.e. different F 0 /F CO 2 ratios) on the CaO storage temperature was analyzed. A minimum operation temperature in the carbonator of 500 1C was chosen on the basis of previous experimental studies that indicate that temperature has only a modest effect on the carbonation reaction rates in the range of 500-650 1C due to the low activation energy. [50] [51] [52] [53] [54] From the heat recovery point of view, lower than usual (650 1C) temperatures in the carbonator (i.e. 500-600 1C) are possible at the expense of modest efficiencies and larger heat transfer areas in HX1 and FBHX1. Fig. 2 shows the effect of the F 0 /F CO 2 ratio on the temperature of the storage pile of CaO (T CaO ). Mass and energy balances have been solved for four different carbonator temperatures (500/550/ 600/650 1C). As can be appreciated in this figure, a carbonator operation temperature of 650 1C is only possible for CaO storage temperatures well above 400 1C. This high T CaO is compatible for process schemes with lower storage capacity requirements if refractory silos are used (i.e. for the capture of CO 2 from power plants operating continuously but with load changes 44, 45 ), but it 
On the other hand, it is possible to store the CaO at temperatures around 250 1C and operate the carbonator at 600 1C if large ratios of F 0 /F CO 2 (40.9) are allowed. This option is possible despite the large F 0 /F CO 2 ratios shown in Fig. 2 since the total consumption of fresh limestone and purge produced is reasonable and in the range of that required in cement plants, and furthermore when taking into account the moderate F CO 2 fed into the carbonator if the power plant operates with a low capacity factor. However, such large F 0 /F CO 2 scenarios need to be analyzed by making better use of the potential synergy between the FlexiCaL system and a cement plant (or any other large scale CaO user) which is beyond the scope of this study. If synergy with a cement plant is not feasible, lower F 0 /F CO 2 ratios are needed (0.25-0.35) to reduce the consumption of limestone in the CO 2 capture system. In this case, the carbonator must operate at temperatures below 550 1C to ensure the CaO storage temperatures stay within the targeted range (see Fig. 2 ).
Another important parameter affecting the process depicted in Fig. 1 is the capacity factor of the existing power plant. Fig. 3 shows the fraction of thermal input to the calciner with respect to the total thermal input for different capacity factors as a function of the F 0 /F CO 2 ratio. In standard CaL systems, approximately 45-50% of the thermal input into the entire system (power plant and CaL) is introduced in the oxy-fired CFB calciner. 37 As can be seen in Fig. 3 , the thermal input to the calciner can be drastically reduced by integrating the energy storage system. Thus, the fraction of the thermal input to the calciner could be lower than 0.20-0.25 if the existing power plant is operated with a capacity factor of 0.2. Other improved configurations for further minimizing the energy demand by preheating the carbonated solids entering the calciner could be implemented to further reduce the thermal input to the calciner. 44 In order to illustrate the operation of the conceptual design of the system proposed in this work, a capacity factor of 0.2 for the existing power plant has been chosen. This low capacity factor would be extremely challenging for any CO 2 capture system, as the capital cost component of electricity is inversely proportional to the capacity factor. However, it can be considered a reasonable mid-term assumption for fossil plants without capture, considering the trend observed in the operation hours of existing coal power plants connected to electrical markets with a large share of renewable energy (e.g. in the Spanish electricity market, where there has been a significant increase in the share of renewable energy during the last decade from 20% of the total electricity produced in 2007 to 40% in 2016 and where transnational network connections are limited, the fraction of operation time of fossil fuel power plants has dropped from 0.85 in 2007 to 0.53 in 2016, see www.ree.es).
A F 0 /F CO 2 of 0.95 has been adopted on the assumption that the purge can be used in a cement plant. This results in a maximum CO 2 carrying capacity of the solids of 0.52 (configuration FlexiCaL/X ave = 0.52). In accordance with the discussion above, a carbonator temperature of 600 1C could be achieved by allowing a CaO solid storage temperature of 250 1C. The main mass flow streams, temperatures and power available from the different heat exchangers are summarized in Table 1 .
When the power plant is in operation, the flow of calcined solids is fed into the carbonator at 133. 7 A detailed integration of the heat sources of the system depicted in Fig. 1 into a steam cycle is considered to be outside the scope of this work. However, since HX1 and FBHX1 only enter into operation with the power plant, the use of two 
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different steam cycles will be required (e.g. one associated with the carbonator and one linked to the calciner). The steam cycle associated with the calciner must be able to satisfy the power requirements of the calciner (including the ASU, CPU and auxiliaries). In order to estimate the power needed, average specific consumptions of 200 kWh e per t O 2 and 120 kWh e per t CO 2 for the ASU and CPU respectively have been adopted on the basis of the values reported in the literature. 55 It is assumed that 5% of the gross electric power output is consumed in the auxiliaries. 56 Assuming a reasonable efficiency value of 45% for the steam cycle associated with the oxy-calciner, the power produced would be 27.4 and 29.4 MW e for the FlexiCaL configurations with values of X ave = 0.52 and X ave = 0.26 respectively. Thus, after accounting for the ASU, CPU and auxiliaries consumptions, the power available for export from the system proposed could be drastically reduced to 2 and 9 MW e during the power plant shut down periods (i.e. when no electricity is required). On the other hand, additional power of up to 194 and 202 MW th is available from HX1 and FBHX1 (P carbonator ) for X ave = 0.52 and X ave = 0.26 respectively. By assuming a net efficiency of 0.39 for the operation conditions of the heat sources in the CFB carbonator (500-600 1C) as in similar steam cycles integration schemes, 57, 58 74.1 and 84.2 MW e of extra power can be produced when the power plant enters into operation.
Costs analysis
A basic economic study has been carried out to estimate the impact of retrofitting the CO 2 capture system of Fig. 1 into an existing power plant. The economic parameters used in this analysis are the cost of the electricity (COE) and the CO 2 avoidance costs (AC). The COE can be calculated as follows:
where TCR is the total capital required, FCF is the fixed charge factor, FOM is the fixed operating cost, VOM is the variable operating cost, FC is the fuel cost and Z plant is the net plant efficiency including that of the CO 2 capture system. The CO 2 avoidance costs (AC) represent the cost of reducing one ton of CO 2 while providing the same amount of power as a reference plant without CO 2 capture and can be calculated as follows:
where CO 2 /kWh e is the CO 2 emission factor of each plant. Two different reference power plants were considered, a new plant with a high net efficiency of 0.45 and an existing plant with its capital already amortized and with a much lower net efficiency Table 1 Main mass flows and parameters involved in the system of Fig. 1 during full 59 the representative data shown in Table 2 have been chosen to carry out the cost analysis. The calculated costs of the electricity for the new and the amortized coal power plant operating at base load (CF = 0.9) are 0.050 and 0.031 $ per kWh e respectively which is in agreement with the data reported in the literature. 59 However, if the new power plant is operating as a back-up system with a low capacity factor (CF = 0.2), the COE increases up to the uneconomic value of 0.152 $ per kWh e . Using large coal power plants as back-ups seems a more reasonable strategy for amortized systems, as the cost of the electricity is mainly dependent on the operation and fuel costs. Thus, as shown in Table 2 , the COE of an amortized power plant operating with a capacity factor of 0.2 could be as low as 0.048 $ per kWh e . Accordingly, the analysis that follows will be focused only on the integration of the CO 2 capture system of Fig. 1 into an existing power plant whose initial capital cost expenditure has been fully amortized.
For comparison purposes, a conventional CaL system has been also included in this analysis assuming that it retrofits an amortized coal power plant (Standard CaL in Table 2 ). In order to calculate the capital cost of the equipment, the specific cost of the equipment is expressed in terms of unit of thermal input as explained in similar works for other CaL systems. 36 In the case of the FlexiCaL system in Fig. 1 , we have attempted to estimate the specific costs by exploiting similarities with the elements already developed at the commercial level. Four major components can be identified for the cost analysis: the power plant, the CFB carbonator, the oxy-CFB calciner, and the storage system. In order to facilitate discussion, the specific costs of the equipment, TCR Total , have been defined as per unit of thermal power. Thus, the total cost of the whole system (TCR) can be estimated as TCR = TCR total P total = TCR total (P coal,power plant + P carbonator + P coal,calciner )
Regarding the cost of the existing power plant, we considered that no additional modifications are needed to satisfy the requirements of the CO 2 capture step. Therefore, the specific cost of the power plant in Fig. 1 can be assumed to be zero. The CFB carbonator is linked to the thermal input to the power plant. This component can be considered as an adiabatic combustor whose TCR refractory is assumed to be 125 $ per kW th based on the cost of pre-calciners in cement plants. 60 Another element that is related to the thermal input of the power plant is the fraction of CPU that treats the flue gas captured in the carbonator. A specific cost of 80 $ per kW th has been assumed for the CPU unit 61 considering that the CO 2 captured as CaCO 3 from the power plant is then released from the calciner operating at base load. The process of Fig. 1 also includes the equipment needed to extract the thermal power associated with HX1 and FBHX1 (P carbonator ) and to generate power. A TCR P carbonator of 450 $ per kW th has been adopted assuming that these elements represent around 50% of the TCR of a conventional power plant. 59 In the case of the energy storage system, only the cost associated with the inventory of solids in the solids piles has been included in the specific capital cost of the solid storage system, TCR storage , as the handling and transport of solids between the solid piles has already been included in the cost of the carbonator and calciner circulating fluidized reactor. TCR storage has been calculated assuming 10 $ per ton of limestone and taking into account the fact that the CO 2 carrying capacity of the solids and the enthalpy of the carbonation reaction (467 kWh th per ton of active sorbent) will result in 0.05-0.10 $ per kWh th depending on the value of X ave in eqn (1) . Finally, the oxy-CFB calciner in Fig. 1 resembles an oxy-CFB power plant. According to the data available in the literature, 61 a total capital requirement for an oxy-CFB power plant of 3700 $ per kW e is assumed, which results in 1296 $ per kW th by assuming a thermal efficiency of 0.35. Approximately 60% of this cost corresponds to the combustion equipment (i.e. coal feeding system, ash removal systems, flue gas cleaning, ASU and CPU units) while the rest can be associated with the power block (including the heat exchangers HX2 and FBHX2 and the corresponding entire steam cycle). The thermal power transferred to the power block in the oxy-CFB calciner (P calciner ) in Fig. 1 represents only around 50% of the thermal input fed into the calciner (P coal,calciner ) when compared with conventional oxy-fired CFB power plants. Therefore, the cost of the TCR calciner is assumed to be 1037 $ per kW th .
Once the cost associated with the different components has been defined, the total capital requirement of the system of Fig. 1 (6) where f power plant , f carbonator and f calciner are the power fractions of the power plant, carbonator and calciner with respect to the total power input. In order to calculate the TCR Total corresponding to the appropriate units of eqn (3) ($ per kW e ), the net efficiency of a For a make-up flow consumption of (F 0 /F CO 2 = 0.1) and a thermal input into the calciner of 410 MW th 36 assuming that it retrofits an amortized coal power plant.
b Including a make-up limestone cost of 10 $ per ton. View Article Online the system depicted in Fig. 1 (Z plant ) can be estimated by means of eqn (7):
The thermal power associated with the calcination of the purge (P calc , F 0 ) is discounted from the estimation of the efficiency to account for the credits associated with the utilization of the purge. According to this equation, efficiencies of 0.26 and 0.29 are calculated for the FlexiCaL system with X ave values of 0.52 and 0.26 respectively. The main cost parameters for the cases chosen as examples are summarized in Table 3 . In order to focus the discussion on the specific capital requirements, the same fuel and fixed costs as those of the conventional CaL system have been assumed. The cost associated with the consumption of limestone has been included under variable costs (VOM).
Based on the assumptions summarized in Table 3 the COE calculated by means of eqn (3) for the FlexiCaL system are 0.150 and 0.126 $ per kWh e for X ave values of 0.52 and 0.26 respectively. The higher COE obtained for FlexiCaL/X ave = 0.52 is mainly due to the higher make-up flow of limestone and the slightly lower efficiency. The potential advantages of the system proposed in this work can be appreciated when compared with the COE calculated for a conventional CaL system retrofitted into a power plant operating with a CF value of 0.2. In this case, the system is heavily penalized by the higher capital requirements, with the COE increasing up to 0.192 $ per kWh e (see Table 2 ).
If the system in Fig. 1 is designed for capturing CO 2 from a power plant operating with a high capacity factor, the contribution of the energy storage system to the whole process is reduced. As a result, the contribution of the costly oxy-fuel calciner is higher and the total capital requirements increase. In that case, the FlexiCaL system and the standard CaL would show similar COE values of around 0.064-0.082 $ per kWh e at the high CF values of the power plant. However, as the capacity factor decreases (see Fig. 4a ), the COE of the FlexiCaL integrated with an energy storage system becomes much more favorable, with a reduction of 35% in the case of FlexiCaL/X ave = 0.26 when compared to a standard CaL system at CF = 0.2.
To calculate the CO 2 avoidance costs, an existing amortized power plant operating with the same capacity factor of 0.2 has been chosen as a reference. It must be noted here that, as it has been assumed that both the reference CaL and FlexiCaL systems retrofit an amortized power plant with a lower COE than a new power plant (see Table 2 ), the AC calculated by means of eqn (4) are increased when compared with systems coupled to new power plants (e.g. 56 $ per t CO 2 vs. 26 $ per t CO 2 for a standard CaL system operated at base load). As can be seen in Fig. 4b in all the cases the AC are higher than those corresponding to a standard CaL system operating at base load (for a typical capacity factor of 0.9). However, if the standard CaL operates at CF = 0.2, the cost of CO 2 avoided increases almost 5-fold up to a value of 251 $ per t CO 2 . This very high cost can make this kind of system economically unviable for such low capacity factors. In contrast, the increase in the CO 2 avoidance costs for the FlexiCaL cases operating with capacity factors of 0.2 is relatively low for the examples presented in this work. For example, an increment of only 26 $ per t CO 2 is obtained for the FlexiCaL/X ave = 0.26 configuration compared to the standard CaL system operating at base load. It should be noted however that it is an immense challenge to operate any other CO 2 capture system at such low capacity factors as those required for power plants used for back-up purposes. The need to store very large quantities of the functional material (such as amines in post-combustion or cryogenic O 2 in oxy-fuel systems) would be at the expense of substantial economic penalties due to the inherently higher costs of these materials. In contrast, the FlexiCaL system proposed in this work allows the storage of very large masses of sorbent at a very low cost, due to the low cost of the CaO precursor (limestone), the lack of environmental risks, and the low thermal conductivity of stagnant solids. Another important advantage of this concept is the possibility of retrofitting to existing coal power plants as there is no need for any modification to the existing power plant as with other technologies (e.g. the need to extract steam in the case of post-combustion amine-based systems, to desulfurize the flue gas, to modify the boiler in the case of oxy-combustion etc.). Most important of all, these plants do not have much chance of being incorporated into future energy systems where there is an increasing share of renewable power, other than as back-up systems for brief periods of time, unless a competitive method for CO 2 capture during the brief periods of operation can be found. Fig. 4 (a) Comparison of the cost of electricity (COE) of the FlexiCaL systems reported in Table 3 View Article Online
